Abstract
dynamic particle populations of fluid bed in spray granulation process [11, 12] .
Although many approaches such as black box modelling, population balance modelling, lumped region models and combined thermodynamic and population balance model [13] , have been used for modelling fluidized bed coating, but limited researchers applied CFD model. CFD model has the advantage of being case independent. When tuned for a particular range of conditions, CFD model can produce predictions, for conditions other than this range, which are more likely to be accurate in comparison with those of other models. Also, CFD model can evaluate the effect of system geometry (such as design of baffle and inner pipe in fluidized bed) on coating efficiency [14] . Fluidized bed coating process consists of three major steps including fluidizing solid particles, atomizing coating solution on the bed of fluidized particles, and drying the coated particles to evaporate the solvent out of coating solution [15] . The atomized droplets consist of a solute, acting as a covering layer, and a solvent in which coating material is solved or with which coating material forms a slurry solution. Once came in contact with solid particles, liquid droplets spread over the surface of the particles before fluidizing gas can evaporates the solvent leaving a layer of coating material on particles surface. Particles usually grow via two mechanisms: (1) the agglomeration of fine particles due to liquid bridging between two or more smaller particles; (2) the growth of coating layer on a particle. The first process occurs when the liquid bridge is strong enough to hold particles together. The fluidizing air supplies required evaporative capacity to remove the remaining solvent on the surface of the fluidized particles. When liquid binders or dissolved coating material are added to a fluidized bed, two different states of particle growth are possible, depending on the mass transfer of binder to the fluid particles and the evaporation capacity within the bed [16] . In some cases, powders are fluidized with a binder solution or suspension sprayed on to the fluidized particles to create liquid bridges leading the powder to be agglomerated [17] . When wet particles collide with each other, a wet bridge forms between them. Depending on the liquid bridge strength and kinetic energy of the colliding particles, these bridges may persist beyond the drying point where dry agglomerates form [18, 19] . This type of particle growth is called "agglomeration". Fluid bed spray agglomeration is similar to the fluid bed granulation. However, when fluidized beds operate under drying conditions, evaporation capacity of the bed increases sufficiently drying the particle surface before collision thus terminating the formation of liquid bridges [20] .
The researches by Smith and Nienow [21] and Maronga and Wnukowski [22, 23] have shown that particles are uniformly wet in a so-called wetting zone which is a small region in the vicinity of the spray. The repeated wetting -drying cycle of fluidized particles creates of a uniform, layered structure around individual particles; this type of particle growth is called "layering" [20] . Layering represents the preferred growth mechanism in coating applications. Dry processing conditions are required to improve the layered growth mechanism. Under such conditions, however, considering the fact that the coating solution is sprayed counter currently with the fluidizing air, premature droplet evaporation is likely to take place before droplet can come in contact with particle surface [24] .
There are numerous variables affecting a fluidized bed coating process [15] . These variables can be classified into three main categories including process variables, design variables and physical property variables (physical properties of coating material and solid particles). According to Schlünder and Link, following a trial and error approach represents the only way to determine optimum operating conditions for a fluidized bed coating process. This is because of enormous number of variables affecting fluidized bed coating process [20, 25] .
CFD simulation is a useful tool for study on new equipment and process technologies such as fluidized bed, spray dryer, atomization process in nozzles and Glatt's ProCell technology. Based on computational fluid dynamics, there are two general approaches to follow in the course of two-phase modeling of fluidized beds. Known as the two-fluid model (TFM), the first approach uses CFD only. The second approach, however, is a combination of the continuum and discrete model (CCDM) achieved by coupling the discrete element method (DEM) with CFD. Encompassing more details and models for discrete element problems, DEM is seen to be more efficient in complicated simulations [26] . However, CCDM is a new technique that can simulate micro-scale behavior of fluid-particle systems [27] .
In this research, some experiments have been undertaken to study hydrodynamics of particulates motion in a cylindrical fluidized bed equipped with a pneumatic nozzle jet flow. The computational fluid dynamic modeling of the particles' hydrodynamics was performed for the circulating fluidized bed. Subsequently modeled were the liquid and solid velocity contours, particle trajectories, time dependent fluidization height, solid velocity vectors and the fluidization height distribution of particles along radial direction. COMSOL Multiphysics 4.4 CFD software was used to model two-phase flow with the continuous phase being air and the dispersed phases being liquid and solid particles (granular flow). The Euler-Euler model was chosen to simulate the two-phase flow within the process chamber. Ignoring any contact or interaction between solid and liquid phases, this study considered the hydrodynamics of the process only.
Experimental Setup
Used in the present research was a top spray coating system with its schematics being shown in Fig. 1 . The Plexiglas cylindrical chamber was employed for fluidized bed experiments where the bed height and diameter were 450 mm and 170 mm, respectively. There was a small cylinder (draft tube) of 100 mm diameter and 170 mm height in the centre of the bed. This cylinder provided circular flow of particles to enhance coating process. Placed on top of the bed, a pneumatic nozzle was used to change the liquid jet into droplets by the air-generated force. Once spraying process was performed, the coated particles were dried in the bed. In each fluidization cycle, 20 gr of micro pearl glass beads (Sovitec, Fleurus, Belgium) of d43=365 μm were used as the core material.
System Performance
The air flow leaves the blower and enters into the bed via the air distributer plate located in bottom of the bed. The compressed air goes into the nozzle to spray the coating liquid on the fluidized particles. During each cycle, the coating liquid is sprayed on fluidized particles before they get dried. This system is composed of the following three main parts:
1. A nozzle to spray the liquid.
2. An air distribution plate to fluidize the particles.
3.
A draft tube to create the circulating flow. 
Mathematical Model
The contribution of each phase into conservation equations was determined by its corresponding volume fraction. Solid particles were treated as granular flow model which was based on gas molecules motion. Considered in this study was only the hydrodynamics of solid-gas flow inside a fluidized bed in the presence of nozzle jet flow. The governing conservation equations of mass, momentum and physical models involved in the process were discretized over control volumes and solved by finite volume method. Gas-solid flow modeling was performed in Eulerian framework with gas and solid particles considered as two continuum phases penetrating into each other [26] . The continuity equation for each phase was described as:
where  v k and α k denote the velocity and total volume fraction of the kth phase [26] . Thus the total momentum change with time in each phase is:
The momentum balance equation for gas phase is:
Obtained in terms of Reynolds stress tensor (τ g ), turbulent predictions for the continuous gas phase were determined using the standard k-ε model supplemented with extra terms corresponding to interphase turbulent momentum transfer [28] . Momentum balance equation for solid phase is:
Equation (4) was used to constitute the solid stress tensor (τ s ) and solid pressure (P s ) in the momentum conservation equation for the solid phase. B gs represents the gas-solid exchange coefficient included in the momentum conservation equation which is chosen based on the Gidaspow's drag model; this model is known to be appropriate for flows where drastic changes in the solids volume fraction occur (e.g., flows in a Wurster chamber). It has also been reported [29] that using the Gidaspow's drag model gives the best agreement between experimental and simulation data for local solids volume fractions and velocities in a fluidized bed. The interphase drag coefficient ( B gs ) is calculated according to the Gidaspow's drag model [29] using Ergun equation (Eq. (5)) for dense phase flow and the Wen and Yu model (Eq. (6)) for dilute phase flow.
, .
where C D is the drag coefficient defined as: The corresponding Reynolds number to the particles is calculated by Eq. (8) .
The kinetic theory describing the flow of smooth, slightly inelastic spherical particles was applied. The granular temperature
of the solid phase (Θ s ) was introduced as a measure of the kinetic energy of random particle motion by Eq. (9).
The granular temperature was calculated using an algebraic expression obtained from the transport equation derived by Lun et al. [30] wherein the convection and diffusion terms of the more general form of the transport equation were neglected assuming local dissipation of granular kinetic energy of the solid phase [30] . The conservation equation for granular temperature is:
 represents the generation of energy by the solid stress tensor and the term ∇( k θs ∇Θ s ) describes the diffusive flux of granular energy. Denoting the rate of energy dissipation within the solid phase due to solid phase particle collisions [30] , γ θs is expressed as: Θ where e ss is the coefficient of restitution for particle collisions with a default value of 0.9 indicating that particles' collision is close to elastic collision, g 0,ss represents the radial distribution function as a correction factor modifying the probability of collisions between particles as the solids fraction increases towards its maximum packing limit and can also be regarded as a non-dimensional distance between spheres.
Lun's equation [30] for g 0,ss is as follows:
For granular flows in which α s < α s, max , the solid pressure is independently calculated and used for the pressure gradient term, ∇ps, in the momentum conservation equation for the solid phase in Eq. (4). The solid pressure is composed of a kinetic term and a second term corresponding to particle collisions. Solid pressure is computed by Lun's equation [30] 
Having shear and bulk viscosity components arising from particle momentum exchange via particle translation and collision, the solid stress tensor τ s in Eq. (4) can be computed as follows:
where I is the unit matrix,  v s T is transpose of v s , μ s is solid shear viscosity; accounting for resistance of the granular particles to compression and expansion, the solids bulk viscosity, λ s , can be determined by Lun's equation [30] . 
Laminar Model
The laminar flow Euler-Euler model was used to model laminar flow of continuous gas phase. The model satisfies certain mathematical constraints of the Reynolds stresses that are consistent with the physics of laminar flows. An immediate benefit of the realizable laminar model is that it predicts the spreading rate of both planar and round jets accurately. In this section, the conservation equations for inviscid flow in an inertial (nonrotating) reference frame are presented [31] . The general form of the mass conservation equation (also known as the continuity Equation [32] ) is expressed as follows:
Being the general form of the mass conservation equation, Eq. (19) is valid for both compressible and incompressible flows. The source, S m , is the mass added from the dispersed phase to the continuous phase (for example, due to vaporization of liquid droplets) together with any user-defined sources [31] . For 2D axisymmetric geometries, the continuity equation is given by:
where x and r are axial and radial coordinates, respectively, and v x and v r are axial and radial velocities, respectively. The momentum equation, based on the Newton's laws of motion, relates sum of the forces acting on a fluid element to its acceleration defined as the rate of change in momentum in the direction of the resultant force [31] . 
where p is the static pressure, and ρ  g and  F denote gravitational and external body forces, respectively (for example, forces that arise from interaction with the dispersed phase). Also,  F contains other model-dependent source terms such as porous media and user-defined sources [31] . For 2D axisymmetric geometries, the axial and radial momentum conservation equations are given by Eq. (22) Based on the first law of thermodynamics, the internal energy gained by a system must be equal to the heat absorbed by the system minus work done by the system; accordingly, one can obtain general form of the equation of conservation of energy [33] as follows:
Where k eff is effective thermal conductivity and J j is the diffusion flux of species j. The first three terms on the right hand side of Eq. (25) represent energy transfer due to conduction, species diffusion and viscous dissipation due to effective normal shear stresses, respectively. The source term S h includes the heat of chemical reactions, radiation and interaction with the dispersed phase [33] .
Velocity Distribution of Output Air from Nozzle
As stated by various authors [30, 34] , the nozzle jet in a fluidized bed shows many similarities to a free axisymmetric jet, of which the gas velocity profiles are analogous to Schlichting et al. [35] . In Eqs. (27) - (28) The jet radius produced by the pneumatic nozzle, r noz (h) , is defined as the radius where the radial gas velocity v h r at rd , ,� ( )
( ) is axial gas velocity and h noz is nozzle height. Figure 2 depicts the liquid jet velocity profiles produced by the pneumatic nozzle; the same is drawn numerically in Fig. 3 . Equations (29) and (30) give these velocities [35] . 
Fig. 2
Schematics of jet velocity profiles produced by the pneumatic nozzle as described by Schlichting et al. [35] . Figure 3 shows spray jet velocity distribution at different distances from the nozzle tip. One can see that the droplet concentration is high within regions near the axis of the spray; i.e., the radial distribution of the droplet velocity is in such a way that the velocity is highest at the center of the spray cone and reduces towards the edge of the spray. The liquid flow is fast in the orifice center and reduces near the orifice walls. Such reduction in liquid flow is supposed to be a result of wall effects and body friction reducing axial droplet velocity. The velocity reaches its maximum along spray cone center line. Since the spray jet follows a straight trajectory away from the spray cone center, the spray stream angle moves droplets farther from the straight line and the mean droplet velocity decreases in radial direction. 
Simulation Procedure
Hydrodynamic simulation of the bed was done by COMSOL Multiphysics software. The geometric shape was symmetrical. CFD modeling involves three main steps including creating the model geometry and grid, defining the appropriate physical models and defining the boundary and operating conditions. The generated 2D grid for the experimental geometry is depicted in Fig. 4 . For the sake of simulation, the nozzle diameter was set to 1.5 mm with the two-phase flow consisting of a liquid phase (70 %) and air (30 %). These two phases were mixed and atomize to spray droplets. The unsteady state conditions and EulerEuler model for laminar flow were used. Starting at t = 0 s, the solver ran for 5 seconds at 0.2 s time step.
Initial and Boundary Conditions
Initially, all dispersed particles were positioned in a packed bed section at the bottom of the column. At t = 0 s, the packed bed height was 2 cm, consisting of 50 % particles and 50 % air (i.e., volume fractions of 0.5), with the inlet air velocity being zero. To fluidize the bed, air was injected through the bottom with the dispersed phase volume fraction at the inlet being zero.
The boundary conditions were defined as follows: 1. Input gas velocity in bottom of the bed = 1.5 m/s. 2. Outlet gas pressure = 0. 
Results and Discussion
The characteristics of the fluidized bed system are given in Table 1 . One of the measured variables was the height of fluidized particles bed which is also reported in Table 1 . In this study, according to experimental results, the height of fluidized particles bed is used to validate implemented hydrodynamics model. The average height of fluidized particles bed was found to be about 90 mm. The input gas into cylindrical bed was air at a mass flux of 1.3 kg/m 2 s. Table 1 Fluidized bed characteristics.
Parameter Value
Particle density (kg/m3) 2600
Air density (kg/m3)
1.225
Air viscosity (pa.s) 1.7894E-5
Particles diameter (μm) 365
Bed height (m) 0.45
Inlet cylinder diameter (m) 0.07
Inlet cylinder height (m) 0.1
Particle Velocity
Being an important parameter in terms of coating zone residence time and circulation rate, particle velocity can lead to variations in particle coating thickness. The contours of particle velocity and droplets velocity are depicted in Fig. 5 . The particles moved to top of the cylinder before exiting from the cylinder head; then they fell on the surface of the bed and fluidized again, creating a circulating fluid bed system.
Where air velocity increases, the distance among particles increases decreasing the particles volume fraction. Maximum velocity fluctuations at the bottom of the bed bring about maximum motion (velocity) of gas and solid phases. As shown in Fig. 5 , Particle velocities decreases from the bottom to the top along the bed. Furthermore, as the distance from the air distributer plate increases, the gas flow velocity decreases hence reducing the exerted drag force by the gas phase to particles; the particles may then fall down by gravity force. So the cycle continues over the time. Also, based on simulation time, the spray is produced after each fluidization cycle. The maximum length of the liquid jet was generated on the top of the draft tube at the end of fluidization cycle. From the simulation results, it was evident that, due to the air velocity profile, the velocity of the particles in the middle of the draft tube was higher than that along the edges and near the wall.
The solid velocity vectors are shown in Fig. 6 . As the bed height increases, the velocity of gas phase decreases because of the increased diameter of the bed, hence decreasing the drag force exerted on particles by gas phase; the particles then fell down by gravity force and the cycle was repeated again. Figure 6 also shows the particles' movement direction within the bed. Once left the draft tube, the particles had their movement directions changed due to velocity shift and energy loss. Furthermore, some low-velocity particles near the cylinder wall recirculated back into the draft tube and started to descend towards the bottom of the chamber. This motion was in agreement with the experimental observations. Figure 7 shows the simulation results in terms of particle velocities versus time. As gas velocity reduces in the vicinity of the walls, heavy solid phase falls down and accumulates along the walls creating pockets of high solid concentration, so that the solid phase reaches the top of the bed at around t = 0.45 s after which time it starts to exit the draft tube.
As shown in Fig. 7 , average particle velocity decreases with time of fluidization in the bed. Once the fluidization process begins, the buoyancy force is partly compensated with the particles weight thus drastically dropping the velocity; however, as the process proceeds, the velocity decreases slowly. Figure 8 shows the simulation results in terms of particle velocities versus the bed height. The velocity of fluidized particles decreases as the height increases. This velocity drop is due to associated gravity force to the solid particles and energy loss of the air flow along the bed height. Velocity variations exhibit a negative slope at the bottom of the bed where particles are compressed; this slope decreases gradually as the particles expand along the bed. S. H. Seyedin, M. Ardjmand, A. A. Safekordi, S. Raygan 
Particle Trajectory
The time dependant particle trajectories and fluidization heights are shown in Fig. 9 . Particle trajectories show the movement direction of particles along the bed throughout fluidization time. As the time passes, the fluidization height increases. When the particles reach the top of the draft tube, the weight of particles overcomes fluidization air force causing the particles to fall down. Inside the cylinder, as the air flow passes through the air distributer, the particles fluidize with a parabolic shape, so that the air enters, at a reduced velocity, from the bottom of the bed regularly.
Investigation of Fluidization Process
Continuing with the research, glass beads were fluidized by the air flow and the extent to which particles were fluidized was investigated at different flow rates. The mean fluidization height (mm) of particles was determined by using a digital camera in slow motion mode to capture approximate location of particles within the bed versus time. The digital images of fluidization height were then investigated via frame-by-frame image processing (using MATLAB software version R2014a) and the obtained data points were used to verify the model. Fig. 10 illustrates the variations in the height of fluidized particles. The same profile was obtained for both experimental and calculated fluidization heights. Figure 10 shows that the model simulates the reality very well prior to t = 1s after which time it overestimates the reality by about 10 %. The particles were raised by air force, so that when air pressure dropped, the particles fell. There was a balance between the particle mass and buoyancy force exerted by the air, so that some fluctuation existed in fluidization height. At the starting time, when the air entered the bed, the particles height was equal to the minimum fluidization height, 10 mm. Subsequently, as the air flow rate increased, the fluidization height increased lengthening the distance among particles leading the fluid bed to expand. Radial fluidization height distribution of particles in the bed is shown in Fig. 11 . The predicted height of fluidized particles, which represented an average value over time, was in good agreement with similar experimental measurements. The simulation results and experimental data confirmed the existence of a laminar air flow in the bed. The parabolic shape of fluidized particles stems from the fact that the particles near the wall have lower velocities (the friction between this particles and the bed wall cause them to move slower than the particles moving along the center of the bed). Also, with the air distribution plate passed, the maximum air flow rate was seen in the center of the bed with the air flow uniformly fluidizing the particles. Figure 11 indicates that the experimental data points are close to simulation results. Thus, particles' fluidization height profile produced in CFD simulation resembled the experimental case. Using experimental data, Fig. 12 shows the variations of input air mass flux in the course of fluidization experiment. Due to pressure drop along the pipeline prior to the bed, the input air flow exhibited low oscillation per second. The novelty of this work came in the investigation of particle trajectories in the fluidized bed, type of flow regime (Laminar flow), calculation of jet velocity profiles produced by the pneumatic nozzle, and simulation of atomization process of liquid spray by Eulerian granular model.
Conclusion
In this study, the CFD modelling was undertaken, within Eulerian framework, on a 2D fluidized bed. Also the axial and radial velocity profiles of nozzle outlet air on top of the bed were simulated by means of Schlichting equation. The fluidization height and velocity of fluidized particles in the bed were studied. The predicted height of fluidized particles in the bed showed a good agreement with empirical measurements with the simulation results being well consistent with experimental data. This simulation gave a deal of valuable information on fluidization height of particles in terms of time and particle movement and velocity profiles within the fluidizing chamber for coating process in circulating fluidized bed. Being an important parameter in coating zone residence time and circulation rate and particle velocity can lead to variations in particle coating thickness. CFD results in terms of particle velocities within the bed are useful for controlling the fluidization air flow rate. A too high fluidization velocity may lead to a turbulence flow within the bed causing problems for regular circulation of particles in draft tube while inhibiting proper fluidization for coating process. We can utilize particle trajectories to select better spray angle during experiment. Also, knowing the time-out of particles fluidization cycles, one can set liquid flow rate of the nozzle, time of spraying, and the number of spray pulses in the course of coating process in such a way to not only reduce such problems as particle agglomeration due to high humidity inside the bed, but also attenuate fluctuations in fluidization height, so as to achieve more uniform fluidization while not incorporating trial and error approaches into coating experiments. The future researches can be focused on the estimation of pressure drop along the bed, calculation of continuous volume fraction and temperature variations, and simulation of heat and mass transfer in the course of coating processes in fluidized bed. 
Nomenclature

